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PREFACE

This project has been carried out within the collaborative research prBgnaemwable transportia
tion fuels and systenfBdrnybara drivméel och system), Project n@95851. The project has

been financed by th®wedish Energy Agency andif3wedish Knowledge Centre for Renewable
Transportation Fuels.

f3 Swedish Knowledge Centre for Renewable Transportation Fuels is a networking organizati
which focuses on development of environmentally, economically andlgatiatainable
renewdle fuels, and

1 Provides a broad, scientifically based and trustworthy source of knowledge for industry,
governments and public authorities

9 Carries througlsysten-orientedresearch related to the entire renewable fuels value chain

1 Actsas national platform stimulating interaction nationally and internationally.

f3 partners include Swedendés most active univer
well as a broad range of industry companies with high relevance. f3 has ieapatienda and
does not conduct | obbying activities for specif

areas of interest.

The 3 centre is financed jointly by thertre partners and the region of Vastra Gotal@hélmers
Industriteknik finctions as the host of the f3 organizafiseewww.f3centre.sg

This report should be cited as:

Brandin, J., Hul t ¢ Arewiegv pf th€ procesKstegsdar produding a@ivanget 8
biofuelsthrough thermechemical conversion of biomad8eport No 200:01, f3 The Swedish
Knowledge Centre for Renewable Transportation Fuels, Sweden. Availableet3centre.se
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EXECUTIVE SUMMARY

Research and developmemt using biomass as feedstock for production of different biofuels has
been studied for a long time, however, experience at large scale is a challenge. Most of the technol
ogies on the markétave been developed for processing fossil fuels, like crude odad.

Thermochemical conversion of biomass for production of synthetic transporu$imigasifica

tion is a promising way to meet these goals. One of the key challenges in usingtiyasifigstems

with biomass and waste as feedstock is the upgrading of the raw gas produced in the gasifier. These
materials replacing oil and coal contain lasgeounts of demanding impurities, such as alkali, in

organic compounds, sulphur and chlorine ponords.

Ideally the upgraded syngas consists pRd CO at a correct ratio with very low water anc,CO
content allowed. This means that the tars, particulalieslj salts and inorganic compounasist

be removed for most of the applications. By usinggex as the gasifying agent, instead of air, the
content of nitrogen may be minimised without expensive nitrogen separation.

This report focuses on ayoing resarch and development to find new technology solutions and on

the key critical technology chatiges concerning the purification and upgrading of the raw gas to
synthesis gas and the subsequent different fuel synthesis processes, such as hot gashdtration,

can lead to better heating solutions and a higher degree of process integration aisatelysts

more resistant towards deactivation. This means that the temperature should be as high as possible
for anyupgradingunit in the refining system. Netheless, the temperature and pressure of the
cleaned synthesis gas must meet the requireroétite downstream application, i.e. Fischer

Tropsch diesel, methanol etc. This report does not focus on the gasification coasdipisal-

readybeen coverdearlier[1].

The product gas from the gasification process costampurities deriving from the biomass in

form of tars, particulates, and inorganic compounds, such as HGlQ®$, HS, and alkali salts.
Thesecompounds need to be removed from the raw gas, to some extent, depending on the end ap
plication desired.

Depending on the gasification technology and process conditions used for a specific feedstock a
relatively large quantity of tars may be produced. pitmblem with tars is that they can, even at

very low concentrations, create troubles in further detweamequipment by plugging filters,

pipes and cause coking of catalysts in the upgrading processes of the syngas. This is also one of the
key troubles stpping the commercialisation of the gasification technology.

Thereareseveralapplications with respect froduced synthesis gas to be used as different bio

fuels or green chemicals. The major applications will be discussed, starting with the production o
hydrogen and then followed by the synthesis of synthetic natural gas, methanol, dimethyl ether,
FischerTropsch diesel and higher alcohol synthesis, and describing alternatives combining these
methods. The SNG and methanol synthesis are equilibriunraimest, while the synthesis of

DME (onestep route), FT diesel and alcohols are Abitthe reactions arexothermal €xcept for

steam reforming of methane and tars) and therefore handling the temperature increase in the reac
tors is essential. In additipthe synthesis of methanolustbe performed at high pressure {500

bar) to be industrially viable.
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Theaim of the report is to establish the statehe-art concerning the cleaning and upgrading of
the raw gas to synthesis gas from biomass througimthehemical conversion and the subsequent
different fuel synthesis processes.
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SAMMANFATTNING

| flera de@nnier har man satsat mycket pa forskning och utveckling for att kunna anvanda bio
massa som ravara for produktion av olika biobranslen, idag aratarustnaningen att fa erfaren
het i stor skala och fa I6nsamhet i processerna. De flesta teknikernmsstillfjanglig pa mark
naden har utvecklats for att processa fossila brénslen, som raolja eller kol.

Termokemisk omvandling av biomassa ar ett lovas@defor att producera olika sorters syntetiska
drivmedel, da framst genom forgasningsteknik. En afvadasta utmaningarna i att anvanda
termokemisk omvandling av biomassa och avfall ar rening och uppgradering av ragasen-som pro
duceras i forgasaren. Dedsiabaserade material som ar ténkta att ersatta olja och kol innehaller
betydande méangder av alkaliskaorganiska svavel och klorféreningar.

Idealt bestar en syntesgas som har blivit uppgraderad av vatgas och kolmonoxid, i 6nskade for
halande, med ycket laga halter vatten och koldioxid. Detta innebar att tjaror, partiklar,-alkali
sater och oorgaiska féreningar, som namnts tidigare, maste avlagsnas for de flesta tillampning
arna. Genom att anvanda syre som forgasningsmedel, i stallet for luftnkeddliet av kvave i

gasen minimeras, s& man undviker efterféljande dyrbar separation av kvave.

Denra rapport fokuserar pa pagaende forskning och utveckling for att hitta ny teknik och lésningar
nar det galler rening och uppgradering av ragas till syntesgas efterféljande branslesyntes
processer, sasom hetgfiltrering, som skulle kunna ge smartangpvarmnings lésningar och

hogre grad av integrering av processerna, samt utveckling av katalysatorer som ar mer taliga mot
deaktivering. Detta innebar a@inhperaturen bor vara sa hog som mojligt for varje enskild renings
och en uppgraderingsenhet, litymaste temperaturen och trycket hos den renade syntesgasen upp
fylla kraven for nedstroms branslesyntes, d.v.s. Fisthgpschdiesel, metanol etc.&hna raport
fokuserar inte @ de olika forgasningskoncepten vilka redan behandlats i en tidigaretrfdgpor

Produktgasen fran forgasningsprocessen innehaller orenheter som kommer ifran biomassan i form
av tjaror, partiklar oclworganiska foreningar, sasom HCI, NI@OS, HS och alkalisalter. Dessa
foreningar behover avlagsnadri produktgasen till olika koncentrationer beroende pa den 6nskade
slutanvandningen. Beroende pa vilka processférhallanden och forgasningsteknik sods &wa

ett specifikt ramaterial kan relativt stora mangder tjaror produceras. Problemet medafticke ar

aven i mycket laga koncentrationer kan orsaka problem i efterfoljande nedstromsprocesser genom
att bland annat satta igen filter och rérdelar, siaeh forgifta katalysatorer i de efterféljanaey
graderingsprocesserfiar att framstalla olika bioranslen. Tjarproblematiken ar ocksa en av de
viktigaste utmaningarna som behdver I6sas for att lyckas med kommersialiseringen av férgasnings
tekniken.

Detfinns ett antal olika anvandningsomraden for olika producerade syntesgaser beroende pa vilka
biobrarslen eller grona kemikalier man valjer att tillverka. De olika tillampningarna diskuteras i
rapporten med start av produktion av véatgas, foljt av framsiglav syntetisk naturgas (SNG),

metanol, dimetyleter, Fisch@ropschdiesel och syntes av hogréalholer, samt beskrivningar av
metoder som kombinerar dessa. Processystemen ar olika for de olika slutprodukterna, dar syntes av
SNG och metanol begransasexempelvis dess jamvikt, medan syntes av dimetyleter, (DME), FT
diesel och alkoholer inte ar jankigberoende. Samtliga reaktioner &r exoterma, med undantag for
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angreformering av metan och tjaror, vilket medfor att det ar extremt viktigt att konttelepera
turékningen i reaktorerna. Dessutom maste syntes av metanol utféras vid hogaGirgeik bar)
for att vara industriellt gangbar.

Syftet med rapporten ar att redogéra for den senaste tekniken inom rening och uppgradering av ra
gas till syntesgas frébiomassa for processer som anvander termokemisk omvandling och aven for
de efterfdljande procesma for att syntetisera de olika biobranslena.
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1 | NTRODUGN

Gasification of bimmassto producesynthetic fuels via syngas is a demanding technology with

many problens to solve. For example, high temperature filtration, reforming or partial oxidation of
hydrocarbons (tars and other hydrocarbons), poisoningeaxdtidation of the calgst, ammonia
cracking, sulphur purification, etc. In addition to established syinthegcesses, such as methanol,
FischerTropsch methane there is-gning research and development of new processes such as for
ethanol, mixed alcadis and fermentation afynthesis gas. There is intensive research and develop
ment in thearea,and it is inportant to follow the research frontier.

Production of synthetic fuels via synthesis gas also typically generates large amounts of excess heat
andenergyrich waste gasedhis means that it is also interesting to follow the development of
these synthesjsrocesses from an energy perspective.

In Sweden, biomass stands for a significant share of the energy demand. About a third was pro
duced from biorass in 2015, howeverighincluded the bulk fuel in the pulp and paper industry as
well as heat for heatingn lthe transport sector fossil fuels dominate, of a total of about 90 TWh is
only 10 % is produced from biofuels (ethanol, RME and biogas). A reajoce of biomass isdr

ging residues from forestry. Different studies give different results, bBGOTONhof forest by
products seem to be available in total. Biomass gasification is a key propesducaenewable
transporfuels and a range offtrent kinds of biomasand waste resources may be converted.

Production of synthetic fuels frosynthesis gas, such as Fischeopsch diesel, has been known
since the 1920s, from fossil fuels such as coal, and today most of the methanol used irdttse worl
produced from refioned natural gas. There are several different gasification techniquesrfass

and waste conversion to produce fuels for transportation as well as chemicals. In Figure-1 the dif
ferent applicable processes, depending on fuelteelegasification tectology as well as down

stream application are illustrated. For productionightealorific syngas from waste or biomass,
there are typically two gasification technologies suitable, one is operating at a high temperature,
110G-1300°C using an entrained filw gasifier, the other operating a fluidised bed gasifier coupled
with a downstream catalytic reformer, both working close to 90fC

Gasifying using entrained flow gasifiers is an established techyekgugecially using coals fuel,
however solid waste and biomass cannot directly be introducetheemntrained flow gasifier and
thereforepre-treatment®f the inlet biomass, such as pyrolysis and torrefaction techniques are nec
essary or by modifyinthe feeding system.

Gasfication of biomass using fluidised bed techniques is a less mature methas;dr the fluid
ised bed technology has already been demonstrated using waste and biomass for heat and/or elec
tricity production.

In any case, to succeedonomically in produag transportation fuels as well as green chemicals
by using either gasificatioiechnique, compact pressurised systems are necessary together with an
overall efficient conversion system for largeale production
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Figure 1. Overview of different processes that may be included in a biomass gasification systfgh

Gasification of biomasw producesynthesis gas, however, makes quite different demands on the
purification and upgradg of product gas thathe gasification of fossil fuels does. The product gas
contains large amounts of dust, ash, alkali and charcoal, tars and other hydrocarbams¢aniph
pounds (HS, COS) and ammon[d]. Tars and hydr@rbons must be convetténto synthesis gas
(CO;,, CO, H) or be utilised otherwise to achieve good energy efficiency and ecddgrihis
upgrading is made difficult by the presence of impurities in the gas and this mustdx isosome
way. Wherthe gas is upgraded and purified, the composition may be adjusted so that it fits the se
lected synthesis step. If the synthesis gas is clean enbegégurce (renewable or fossil) has no
role in the synthesis step. The usual sgals are commercial afatilities available from engi
neeing companies. New processes are, however, being developed and it is importantdo moni
development§g].

In the gasification process a carbonaceous fuel, e.g. cbalroass, is reacted thiair or oxygen
(and in some cases steam) to yield a gas. This is normally performed at temperatures between
500°C and 1400°C, with pressures randingn atmospheric to 35 bar. This is performed for many
reasons:

1 Improved efficieng for electricity prodation, via combined cycle
1 Gas that may be distributed/used in a more efficient manor than biomass/coal

1 The gas may be used as basis for &mel/or chemical production

The first useful gasifier was constructed during the 1840s mcErand the technolodyas been in
development ever since. The intensity of the development, especially for fuel and chemical produc
tion, has to a large extent bedependent on the crudd price. Something that became very-evi

dent after the oil crisiduring the 1970s, whantense development was commenced in Austria,
Sweden, Finland and the US, aiming at producing substitutes for oil. During the 1990s thp-develo
ment focussed on the production of electricity and demonstration plants were builtbaméin
Swederand inthe UK.
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11 GASIFICATION CHEMISTRY

The gasification process is divided into four stages, depending on what is happening to the biomass
in the gasifer. Firstly, the moisture in the biomass is removed until it is completely dry. Secondly,
pyrolysis occurs whicls a process that removes aoondensable gases and tar from the biomass.

The biomass, in turn is, transformed into charcoal. Thirdly, sortteeatharcoal as well as the
flammable part of the permanent gases react with the oxgygee gasifier. This ethermal reac

tion of charcoal and flammable gases with oxygen provides the heat to the other three stages of
gasification. The oxygen supplied the system is enough to make the systersssesifaining in

heat. The needed quantitiyaxygen depends on senal factors such as:

I moisture content of the biomass
1 the amount of steam introduced
1 the heat losses associated with the gasification
Finally, the last stage is reduction where charcoal and hydrocarbons react with gaseous €arbon di

oxide and water to forrnarbon monoxide and hydrogen; the different stages are summarised in
Figure 2.

) T

Ve Drying —— H,0
Wet biomassA Dry biomass + H,O0  ——————

D

Pyrolysis — Tar
Dry biomassA Pyrolysis gas + charcoal - CH,
Product
Ve gas
Combustion
2CO+ 0, A | CO, CO2
Heat o 2H,+ 0, A |2 H,0 H-0
CyHm + (n/2+m/4) O,A hCO, + m/2 H,0
Reduction VZ\
C+CO,A 2CO
2H, + 02 A 2 H0 E— co
CnHm + n H,0A nCO + (m/2+n) H, — Ha
CyHm + n COA 2nCO + m/2 H,
/ - J

Figure 2. Schematic overview of the four gasificatiostageq7], reproduced with permission.

The exit gas from the gasifiavill contain CO, CQ, H20, H, CH,, other gaseous, higher hydrocar
bons and B(the N content is strongly correlated to the oxidant used). The gasestasidbar
coal and ash are obtained as liquids/solids, and the gas will also contain tracég 6fHICHCI,
H>S and, m addition, there will be traces of other nitrogen and sulpbuataining compounds.
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The exit levels of the main products for some gestifpes are reported in Table 1. In the table

some other factors that are important for resudtsontrolling paramets when operating these
systems are also reported.

Table 1. The gasifier exit levels for some fluidised bed gasifier types, Atmosphe@arculating Fluid -
ised Bed (ACFB), Pressurised Circulating Fluidised Bed (PCFB) and Indirectly éated gasifier.

Unit ACFB PCFB Indirect
CcO Vol% 26.9 16.1 42.5
Hy Vol% 33.1 18.3 23.1
CQo Vol% 29.9 354 12.3
CH Vol% 7 135 16.6
N> Vol% 0.7 12.3 0
G Vol% 2.4 4.4 5.5
H>/CO-ratio - 1.2 1.1 0.5
Energy in CHG % 36.2 65.1 54
Energy in K % 32.7 17.2 145

In addition to the main components formed and reported in Table 1, there is also the formation of
significant amounts of tar. Thetructure, measurement and conversion of these species is a field of

intensive research and several defimis of tar compoundsalre arisen. In the following, one will
be given:

very complex heterogeneous aqueous mixtures of organic molecules (arophetncsds,
bases, asphaltenes, preasphaltenes, and particulate matter) in a broad range of cencentra

tions rdated to the formatioronditions (temperature, residence time pressure, feedstock,
reactor design}8].

The amounbf tar in the exit gas of the gasifier is very dependent on the design and operation of

the gasifier. The tar fictional groups and tegperatures of formation may be schematically de
picted as:

Mixed oxygenates (400°@) Phenol ethers (500°@) Alkylphenols(600°C)A Heterocyclic phe
nols (700°CY, Polyaromatic species (800°8) Larger polyaromatic species (900°C)

Another way to distingulsthe different tars from each other is to divide them into three classes.

The formation temperature of the tars determithese classes and the classes are described in
Figure 3.
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Figure 3. The first classes of tars and their origp [9], reproduced with permission.

These tar classes form at various temperatures. There will alsmbgions from one class to-an
other with increasing temperature. The primary tar class is present at 500°C to 8008hride s

ary tar class bateen 500°C and 1000°C, the alkylated tertiary products (class 3) are present be
tween 650°C and 1000°C whileethondensable tars (class 4) exist above 750°C. The tar formation
and the change from one class of tar to another is depeon residence tings well as tempera

ture.

1.2 GASIFICATION AGENTS

The high temperature in the gasifier decomposes the organic rhiaténie biomass into volatile
components and char by pyrolysis. To gasify the char a gasification agent is needéxr Thayc
be gasified byxygen:

C(s)+Q A COy(g) + Heat (A)
C(s) +1/2Q@ A CO(g) + Heat (B)

The heat produced contributes to drivihg pyrolysis of the solid material and to reactions that
occur in the gas phase.

The char may also be gasified by stesmd carbon dioxide:
C(s) + HO(g) + Heathy CO(g) + H(9) (€)
C(s) + CQ(g) + HeatA 2 CO(g) (D)

In thosecasesheat is consumed. If oxygen is present, those reactions (C and D) occur in parallel
with (A and B) and consume a part of the released Wa#tout oxygen, for inence in a pure
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steam gasification process, the necessaryrhastbe provided by an extemhsource, i.e. indirect
gasification. This is the case for the Glssing type of gasifiers, for instance the ones used in the
GOBIGAS project.

If oxygen is the gasitation agent, either air or oxygen may be chosen. If air is chosen, the gas pro
duced, in tle gasifier will be diluted by a large amount of nitrogeg) (Normally airblown gasifi

ers are not used for biofuel production. This ressal a larger amount @roduced gas with a lower
heating value, and the nitrogen needs to be separated.-Blowir gasifier produces a gas with a

Low Heating Value (LHV) of 3.% MJ/Nn¥ while oxygen blown gives a gas with a LHV of

10-15 MJ/Nm?[10].
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2 UPGRADI NG

2.1 PARTICLE REMOVAL

Particulates in the syngas may also cause problems by blocking and erosion downstream in the up
gradingequipmentParticulates deriving from the gasification consist of a mix of ash from the bio
massformed char and bed neatal from the fluidised befb]. For circulating fluidised bed gasifi

cation systems, cyclone separators are normally used to remove larger particulates, and recycle bed
material and char back to the disi Different baghous and barrier filters are used maller

particulates at temperatures below 350°C such as, woven polymeric and ceramic materials or natu
ral fibres. Candle filters, both ceramic and metallic, are used for higher temperaturg90fCto

[11]. Fine dust partickefollow the gas stream and clog the equipment downstream. To treat the

gas,it must be free from particulate matter and it is desirable to remove the dust as close to the gas
ifier as possible. Thimeans that the dusust be removed at high temperature.

211 Cyclones and multicyclones

Cyclones are mechanical separators, by centrifugal forces, of solid material. A multicyclone con
sists of an array of smaller cyclones in parallel with common inlet athet.0By dividing thetotal

flow on several small cyclonethe radius of each individual cyclone becomes smaller and the par
ticles in the gas will experiences a larger centrifugal force. This leads to a higher degree of separa
tion of the solid mattethtan in a single largeyclone. However, even in a multicyclgribe lower

limit for efficient particle separation is in the range €t im[12]. Depending on the construction
material, for instance lining with refractory oxideyclones may be used high temperature.

2.1.2 High-temperature filters

Filters are good for removing dust from streaming gases, such as flue gases from combustion.
Baghouse filters consists of a bundle, of long tube shaped, filter bags made of fabrictyTdpesdi
is introducedrmto the baghouse, and particulate matelike dust and ash, is separated on the out
side of the filter bags. This deposition builds up a filter cake, and the pressure drop over the filter
bag increases. When the pressure droprhesdigh enough, thdtér is regenerated, or cleaned,
by backblowing. The solid material that falls off is collected in the bottonmefltag house and
then removedBag filters may be used up 2@80°C withtemperaturaesistanfabric.

Clean Gas

 I—
———'__——%'

T

Dirty Gas | §F3 [ ¢§f

Baghouse
Filter Bags

Figure 4. Sclematics of a baghouseilfer.
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However, in biomasgasification there is a need to remove the dust at much higher temperature
and it is typically performed at 3800°C[13]. This is done using the sintered metal or ceramic
equivalent to the bag filtethe candle filter. Fabriand ceramic filters have been used both in
demonstration and commercial plants, such as the Varnamo gasification plant in Swéded

the Gussing BiokraftwerKl5] in Austria. In both plants thiabric filters were run at 16080°C

and the ceramic filters at 348Y0°C.

However, cooling the gas to enable filtration and thelneating the gas for further processing, de
ceases the efficiency of tigasification plant. Sti running the filters atigh temperature (>500°C)

has caused problems by clogging. Tars and soot are suggested to cause the clogging by formation
of a sticky cakg13]. Not only the temperature affe¢tse performance but aghe fuel and bed
material.Simoneet al[15] claimthat with a correct choice, for instance with magnesite as bed ma
terial and clean wood it was possible to run the filter at 800°C, while miscantiygedalhe filter

at simlar conditions.

Dia-Schumalith candle filterd 3] were used in a 100Nt atmospheric circulating fluidised bed
gasifier between 600 and 800°C for more than 50 h. The filter cake formation was studigaswith
face velocities bieveen 3 and 5 cra. Stabile filtrations were achieved in some tests.

Combined filters for dust removal and catalytic tar removal have been developed for a long time.
The filters typically work at 80@50°C and in the presence of Mipm HS. An evaluationusing

real gageports a tar conversion of 81 % at 790°C and 40 vppm®f Fhe active material is usu

ally traditional Ni supported on a thermostable cafdét, [17]. Thegasification plant in hhti

uses ceramihigh temperature filter|l 8].

Clean syngas

A
I Z= ~e
vhc ceramic ! }

foam : :
\ i : Fine filtering
\ membrane
Tar containg gas i : /

Figure 5. Catalytic candle filter [19].

2.2 TAR REMOVAL

Tars produced in the gasifier may be removed by different techniquesi$iogmwet scrubbing

and condensation to simultaneously removing water from the raw gasification gas. The latter is not
optimal since carbon and hydrogen are stored in the tars, @isd produces a large amount of
wastewater with high organic contenathatermustbe furthe cleaned.
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The tars may also be divided into nonwegeluble compounds, i.e. aromatics, andtabed water
soluble compounds, i.e. phenols. Tars will causgranus problems in the process if not taken
care of, thissincedifferentgasifiers produce diffrent amounts of tars.

Table 2. Operating conditions forfluidized bed and entrainedflow gasifiers[20].

BFB CFB EF
Temperature (°C) <900 <900 ~ 1450
Tars Moderate Moderate Very low
Control Moderate Moderate Complex
Scale (MW)) 10-100 20- 500 >100
Feedstock Less critical Less critical Only fines

To eliminate the tars from the producer gase could either remove the tars from the gas or con
vert the tars in the gas.

221 Tar scrubbing

Tars could be moved from the gas by scrubbing with a liquid medium, such as water or FAME
(Fatty Methyl Esters)}oweverthe gas must be sufficiently cool foetmedium, hot gas will
evaporate part of the water added and FAME will coke if timpégature is too highin interest

ing example is the OLGA scrubbing technid2&], that uses oil as scrubbing medium, the oil tak
ing up thetars is then recirculated to the gasifier where the energy content in the taveyeddo
the process.

The disadvantage of scrubbing using a liquid medium is the need for cooling the gas before the
cleaning step; this decreases the total efficiendheprocess.

This means that scrubbing the gas will be suitable for some plantiopsy&t.g. for use inasg en
gines for electric power production, since cool gas has higher energy density than Hoingas.
ever,for synthesis gas production to perfornmesis of liquid fuels, a cooler gas is not wanted.
Removal of the tars will redeche chemically bounideat content of the gas, decreasing the yield
of fuels that may be produced. In Table 3 the composition of the gas produced in the gasifier in
Véarnamois shown, approximately 10 % of the heat content (LHV) in the gas is in the faams o
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Table 3. Gas omposition from the Varnamo gasifier[22].

Component After Gasifier LHV wet LHV wet
Vol % MJ/Nn# MJ/kg

GG 1.6 0.9 0.9

Ch 8.2 3.1 2.8

Cco 11.9 1.5 1.4

ole) 27.9

Hy 11.8 1.3 1.2

HO 37.7

NHs 0.3

H2S 0.01

Tars 0.3 0.7 0.6

LHV (total) 7.5 6.8

After removal, the tarry liquid alsmustbe taken care of. Usualliars are burnt in the process to
generate heat for the gasification. This is done in Gu$2kjgvhere the spent scrubbequid
(FAME+ tar) is burnt to heat the bed material in an external riser. In bi@ticeseparated heavy
tar is stored in tanks and burnt during the peak loads in winter to produce district.heating

222 Tar Cracking

The difference betwan tar cracking and taeformation is that during the tar crackjmaly large
molecules are broken down whilarthg reforming all hydrocarbons (including tars) are broken

down into synthesis gas components (CO; @@l H). The catalytic cracking shoulik carried

out at or rar the gasification unit, to improve the yield of the syngas and to minimise the organic
compounds (tars) ending up in the produced waste water when the raw gas is cooled to remove the
water content in the syngas.

Dolomite is a commnly used tar crackingatalyst. It consists of CaM@Q:s).. This is a naturally
occurring mineral and, depending its original, it can contain varying amounts of impurities; it
has been shown that iron can improve the activity. To activate the cédtdigstto be calcineithto
CaOMgO [19].

CaCQa A CaO +CO;
MgCO:a A MgO + CQO

However, this reaction is reversible, this means that the dolomite catalyst is sensitive tathe CO
partial pressure and can only be used at lowgure (< 10 bar). Theotbmite may be used as

in-bed catalyst, but it is soft and erodes quickly, for instanfleitised beds. However, dolomites
have low activity for methane reforming in the product gas and are consequently not the best
choice for prduction of syngas alonéut could be used when methane is the desired prif]ct
[24].
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2.2.3 Tar reforming

Steam reforming

Usingmetal catalysts supported on thermostable carriers, hydrocarbons nawbged into syn
thess gas, CO, C@and H, by steam reforming.

CiHm+nH0a A nCO + (m/2 +n) H
CoHm + 2n HOA nCO; + ( m+4n)/2 H
CO+HOa A CO:+H
Forinstancefor methane:
CH;+H.0a A CO + 3K gH, = 205 kJ/mol
CHs+2H0a A CO:+4H, gH: = 163 kJ/mol

The steam reforming reactions are endothermal, i.e. they bind heat. This meheratthaist be
supplied or the temperature in the reactor will drop. For tar crackithgdéid catalysts are substa
tially more efficient compared to dolomites, and are also active for methane ref¢24jinghese
Ni-based catalts may also be used in fluidised bed applications. Below in Figure 6, a schematic
drawing of a gasificatiosteam reforming unit is shown.

Gasification Steam Reforming

Producer Gas Steam

*

Synthesis Gas + Methane
—

Flue Gas

Fuel

Air/Oxygen

Figure 6. Schematic drawing of a gasificatiorsteam reforming unit.
Since heamustbe transferred to the reaction, the reactor consists of a bundle of narrow tubes, con
taining the catalyst. Heat is provided by a burnerhieats the tubes from the outside.

The hydrocarbons will react and form synthesis gas. There is, however, abreguibetween the
formed synthesis gas and methane. The equilibrium may be shifted by addition of steam as can be
seen in Figure 7.

f3 2020:01



(=

- . -

N . _/'
i
< .
=] * /
:u-::- 0 = - -
= / —a&— Steam/C 1
S +— Steam/ C 3
P S
£ 7104 [
L
]
L= ]
Q0 . /

Temperature °C

Figure 7. Steam reforming of methane at steam to carbon ratios 1 and 3, 101 kPa.

In the steam reformingeaction the totd number of moles in the gas increases. A consequence of
this is that the reaction is pressure dependent, see Figure 8.
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Figure 8. Steam refoming of methane at steam/C=3, pressure dependency of conversion.

Despitethe negative impact of high pressureash reforming is usually performed at elevated
pressure. The reason for this is that the production capacity of the unit becomes much higher.

The catalyst normally us eadminasrspmeldls,lpledioss meti ¢ k e |
als are activedr the reforming reaction but are not commonly used in industrial applications. De
pending on the amount of dust in the producer gas, &ithacked (clean gaslD mg/Nnf) or a

monolithic bed (dusty gas 480 mg/Nn¥) may be usefP5]. This is a parallel to Selective Cata
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lytic Reduction (SCR) of nitrogen oxides from combustion plants. To obtain a sufficientlyehigh
actor temperature for the reaction, the catalytic bed must be placed before the dust removal. If the
monolithic beds correctly designed, the dust will pass through, in the channels, and will not clog
the bed.

Ni catalysts are sensitive to sulphur dhne activity drops significantly, if present. However, the
activity may be restored by increasing the operating testyoer. The activity loss due to sulphur
poisoning is also increased at elevated pressures. This is due the adsorption of hydrogen sulphide
(H2S) on the surface of the Ni crystallites, see Figure 9. An increase in temperature decreases the
surface coveragef hydrogen sulphide, freeing surface for the reforming reaction and an increased
pressure increases the surface coverage by sulphueadeng the accessible surface for the re
forming reaction.

H,S(9) H>(9)

Figure 9. Adsorption of hydrogen sulphide on supported nikel.

The adsorbed hydrogen sulphide also oxidises the metallic Ni, in the bulk of the crystallite] into Ni
under formation of hydrogen,HThis leads to a gradual conversion of the metallic crystallite into
NiS by incorporation of Bions into the bulk bthe crystallite. This conversion, or partial conver
sion, of metallic Ni into NiS gives rise to an accumulation of sulphur in theysat@he formation

of NiS is reversible but the reformation of metallic nickel goes slowly and even if the sulphur is re
moved from the inlet gas stream the catalyst reforming activity is hampered for a long time. This
effect may be seen in Figure 10.

100
] _A—a a A

30— %4 4 A t——i—*--—/

—&— Supported Ni

H;S (10 vppm) off &— Supported Pt

60

Conversion (%)

404

I B oo o o e e o e e e e e e e e IS e
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Figure 10. The hydrogen sulphide sensitivity of Ni and Pt supported catalyst. T=800°C, GHSV 4600
h'l, gascomposition: 64 dnt methane/h, 188 drivh steam, 150 dn¥h N2 and 150 dn#/h H2[26].
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The Pt catalyst is more resistant sods sulphur poisoning than the Ni catalyst. The spot market
price for Pt (Augist2015) was in the range 800 000 SEK/kg while the nickel price is in the

range of 10 SEK/kg. This means that the active material in a kg of Pt catalyst (1 w%) costs
2000SEK compared to a nickel catalyst (10 w%) for which it costs 1 SEK. Thus, it is difficult to
justify the use bPt catalyst in largescale industrial applications. It is more economic to use a large
quantity of Ni catalyst instead. If the catalytic bed isglesd in a proper way it should work even

if the hydrogen sulphide level is about 1Qfpm.

Topsoeis devebping tar reforming catalysts for industrial y2&], seeFigure 11. In dusty gas (10
30 g/Nm?) cylindric megamonolithst000 mm in height and 750 mm in diameter, are used. The
megamonoliths are wasivated metainonoliths. The open canals allow the ash to pass the cata
lytic bed without clogging.

BIOMASS
-FEED

}

“Dusty” tar
reforming
10-30 g dust / Nm?

*

HOT GAS FILTER

TAR

800-950° (el
MER

|

PROCESSING
& UTILIZATION
HALDOR TORSOE T

Figure 11. Tar reforming in dusty gas with Topsoe megamonolithsourtesy d Topsoe AS

The megamonoliths are tested in the Skive plant in Denmark @ifli&hicago, USA. The re

search and development plant in Skive is run in cooperation between Skive Fjeervarme and Car
bona/Andritz. The nominal thermal output is 19.5 MW withaximum output of 28 MW and the

plant is equipped with catalytic tar reforming.€lfar reforming unit is being developed by Topsoe.
The plants 3 Jenbacher gas engines produce 6 MW electric power and 11.5 MW heat in combined
heat and power production. Thieetric efficiency is 326 and the total efficiency is 90.
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Stack
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Gas Engines
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Gas Cooler,

B

!

Figure 12. Schemdt of the Skive plant (Carbona/Andritz) [28].
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The operating temperature for the reformer is restricted by the stickiness of the ash, but methe ran
of 800:950°C and €0 bar in pressure. Typical hydrocarbon composition opthducer gas is
C1-C3, benzene and20 g/Nn+ tar (mainly naphthalene +@&ring polyaromatics).

Other catalytic materials

As stated above, precious metals are active forefoeming of hydrocarbons, including tars, but

are normally not used in industrigcale due to the costs. However, in smaller applications,for in
stance in hydrogen generators for PEM cells were the performance/size becomes an important fac
tor, preciousnetal catalysts may be usg@9].

A way of improvingthe sulphur tolerance for Ni catalysts would be to remove the Ni metal bulk
that can be converted into NiS. A way to achieve this would be to use atomically dispersed Ni, i.
to place the Ni as separate atoms on the catalyst surface. In this case thetgewm Ni bulk that
accumulates sulphur. This is the idea in the development of catalysts where the active material, for
instance Ni, is substituted into the lattice afrgstalline material. Figure 13 shows results for a

Ni-s u b s t ihexaaluenidatétiat is being developed. The hexaluminate is a-teghperature
stable material that has been used, substituted by various active materialstémipghature cata
lytic combustion. IrParsland et ahis catalyst was tested in a slip stream from a 100 kWt CFB
[30]. In Figure 13the result of two different substitution levels {Nand Ni2) are shown at 850°C
and atmospheric pressure. The ltaraount of tars is in the nge of 22.5 g/Nn¥ and is measured

at three different points with SPA. CFBG is after the gasifier but before thedrglerature filter,

bef Cat(before catalysis at the inlet of the reactor and after Gdter catalys)s at the outlet of

the reactorThe result is distributed on the type of tar§ dings and above. No steam was added,
so 50% steam content resulted from fuel moisture and combustion. The sulphur level was not
measured during thests buis estimated taé between 5A00 vppm.

2000

1800

1600

1400
1200 One-ring
® Two-rings
0 M Three-rings
Four-rings
800 ” i
Five-rings and more
600
400
200
Y — Sampling point

1CFBG 2 Bef cat 3 Aft Cat 1CFBG 2 Bef Cat 3 Aft Cat

mg/m3

Figure 13. The diagram shows tar levels for a Nsubstituted hexaaluminate used for hydrocarbon re
forming. The sampling point for CFBG is after the gasifier but before the high temperature filter, bef
Cat (before catalys)is at the inlet of the reactorand after Cat (after catalys)is at the outlet of the reae
tor tested with two different substitution levels (Ni1l and Ni-2) at 850°C and atmospheric pressure.

The results show very large reduction of all tars, including benzduen®andylenes.
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Autothermal reforming and partial oxidation

To improve the reforming process both autothermal reforming and partial oxidation could be im
plemented. Due to the problems associated with obtaining high conversion of methane during
steam réorming, the steam reforming unit was supplemented by a secondary reformer step, see
Figure 14[31].

Gasification Steam Reforming Secondary Reformer

Producer Gas Steam Air/Oxygen

Synthesis Gas

Air/Oxygen

Synthesis Gas + Methane

Figure 14. Gasificationsteam reforming unit with a secondary reformer step.

The secondary reformer step could be of twéed#nt typs, Auto Thermal Reformer (ATR) or
Partial Oxidation (POX).

ATR POX

leygen/Air iOxygen/Air

Fuel 415 Fuel

Refractory
Oxide Lining

Catalyst Bed

Synthesis gas Synthesis gas

Figure 15. Comparison between ATR and POX reactors.

The two different processes are very similar, in the ATR unit a catalytic bed is fitted while the POX
unit contains only empty spate give the gas sufficient residence time, see Figure 15. The two

units are heated in the same way; a portion of the gas is burnt inside, in a special burner, to raise the
temperature so the reaction can occur.
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Since the ATR unit is equipped with a casd)ya sma#r portion of the gasiwustbe burnt than in
the case of POX. While the ATR requires a temperature 6flB00°C, the POX needs a tempera
ture of 12001400°C for the homogeneous gas phase read8@hs

This meas that the AR process has higher efficiency, conserves more chemically bound heat in
the gas, than does the POX process. However, the POX unit does not contain any catalyst that
might be deactivated and needs to be replaced.

Inorganics removal

Except forthe hydrocarons and the tars, the gas also contains inorganic compounds such as Cl and

S-containing compounds, e.g., hydrogen sulphigs, ldarbonyl sulphide COS, HCN and ammo
nia.

These compounds may be removed by both chemical and physical washindsmetranstace,
when using the Rectisol process to remoy8 &hd COS, as methanol is used as solverjsO
simultaneously removed from the syn{fa3].

Due to the reducing condition in the gasifier, ammonia is formed frganaally bound nitrogen

in the fuel. Rather high levels may be formed, in the Varnamo gasifier 3000 vppm of ammonia was
formed (Table 3). If a reforming Ni catalyst is present, thenamia is broken down in a process

called ammonia cracking. This seerde rather the reverse of the HaBeisch process used to
produce ammonifB4].

2NHza A N2+ 3H

In Figure 16, the equilibrium for ammonia has been caledlfdr a stoichiometric amount o M

H.. To produce ammonia, high @®ure and low temperature are required. In the catalytic bed in
the reformer the temperature is usually in the range ofl800°C. So even if the reformer is pres
surised, the ammoniaants to decompose. This will, however, require a catalyst activedaiet
composition, and Nbased catalysts are normally used in sulgheg environment. As stated-be
fore, the Ni catalysts are poisoned by sulphur.

100

80
60—

40

Equilibrium Conversion of amonia (%)

204

R I B e e o e e e e
200 300 400 500 600 700 800 200 1000
Temperature (°C)
Figure 16. NHs equilibrium calculati on of ammonia stability in a stoichiometric mixture of N and Ha.
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In the Skive plant the ammonia reduction has gradually been increased during the development
work, for instance in 2010 70 % reduction was repdid3&fland lately ammonia slifree condi
tions have been report¢gb].

2.3 WATER GAS SHIFT

The water gas shift reaction is an important tool for varying #/€®ifactor, which directly af
fects the proess design and is normally related to requirements of thegmatkpplicdabns and
other important needs.

WGS units are placed downstream the reformer to shift t@Hratio (Eq. 1) to the desired level.

The reaction is moderately exothermic with faxahle kinetics at higher temperatures. Under-adia
batic conditions, conversion in a single bed is thermodyjcadiy limited (as the reaction proceeds,

the heat of reaction increases the operating temperature), but improvements in conversion may be
achieved b using subsequent stages with cooling. Since the flow contains COHg®Dand H,
additional reactionsam occur, depending on the®ICO ratio and favoured at high temperatures:
methanation (Eq. 2), CO disproportionation or decomposition (Eq. 3).

CO +H,04 A COx+ Hs o Moo= -41 kd/mol* (1)
CO+3Ha A CHi+ HO op Moo= -206 kJ/mol* )
2C0a A CO+C o Moo= -172 kJ/mol* (3)

*reaction to the right

An increase of the #D/CO ratio lowers the risk of carbon formation. At ratios higher than

H.O/CO= 2, carbon will noexist in the equilibrium mixture when the reaction temperature is
higher thar230°C. At ratio 1, the formation of carbon becomes thermodynamically favourable over
the entire reaction temperature range. Methane formation is favbat@een 200 and 450°Gch

at lowH>O/CO ratiod37]. Methane formation can be reduced by selectively removing ifreid
thereaction stream (by means of a separation membja8k)

A catalyst that is active at low tempéuires is sought. In industrial applications under continuous
operation, the classical catalyst formulations employed are Fe@ fofithe high temperature

shift, HTS, typically in the range 36800°C, and Cu/ZnfAlOs for low temperature shift, LTS,
opeating just above the dew point, the lowgsssible inlet temperature is about 200°C for good
performance under steady state dods. Figure 17 shows a combined HT and LT shift steps, for
production of gas containing high concentration of hydrogeih, @abling in between the two

steps.
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Figure 17. Two-step unit for production of gas containing high concentration of hydrogeii32].

At 500°C, the gas reaches equilibrium. To reach lower CO levels (highahélgas igooled

down, in this case to 200°C, and then enters the LT step. Since the amount of CO to convert is
lower, thisconversion increases the temperature in the reactor to a lesser extent than in the HT step.
This means that the CO level now reaches loweslie. the yield of Fbecomes high.

For liquid fuel synthesis the required/80 ratio is between 2 (Fish&ropsch, methanol) and 3
(methane), so shifting the gas far to hydrogen is not necessary. This means tsaifadt&p nor
mally is not necessy.

231 HT shift

The high temperature, H3atalyst was introduced by BASF in 1915 and essentially the same cata
lyst isused today. The active phase is magnetiteqfend Cr, in the form of GDs, acts as a
structural promotestabilising the magnetite @tals[39]. These catalysts demonstrate WGS activ
ity only at inlet temperatures above 3G0

The average life is aboutByears. These catalysts are supplied in the oxidised conditigbDs(Fe
CrGOs) andmustbe reducedo activate them. The reduction step is normally carried out in situ,
Figure 18[40], with a lrge dilution (HO or Ny) to avoid the exothermic reduction to Fe®
metallic Fe which will promote the reactions of methanation (rea@joand the CO disproportion
ation (reaction 3p41].
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Figure 18. In situ activation of fresh and used FeCr catalysts in microreactof40].

Sometimes, alkaline compounds (such as MgO) are pfréserduce the acidity, responsible for
promoting coke formation. Since the catalyst is pyroforic andatastand liquid water, the cata
lytic bed must be isolated from air and purged with inert gas when the unit is shut down.

2.3.2 LT shift Cu/znO

Usually CuznO catalysts are used in the LT shift step ¢2Z0°C). Although their activity in

creases with temperatumantering proceeds so rapidly above 260°C (because of copper's loew Hiit
tig temperaturg42]), that a satisfactory caist life cannot be achieved. Moreover, high gas purity

is required because these catalysts are very sudedptulphur poisoning (< 0.1 ppm$), since

the conversion of Cu and ZnO toSuand ZnS, respectively is very favoured. Indeed, ZnO is com
monly used in plants as a trap for sulphur. These catalysts are supplied as oxides and must be re
duced to metallicopper, which is the active species, before they are used. The reduction must be
carried out in the presence of an inert gas to limit the eéeatpre tavhich the catalyst is exposed.

2.4 LT SHIFT COMO

WGS of gases containing appreciable amounts of sulphheasry hydrocarbons such as tar re
guires catalysts consisting mainly of cobalt and molybdenum instead of the iron oxif#3iype

[44] [45]. They exhibit a wide range applications between ca 230 and 500°C. Their activity in
creases significantly between 40 and 80 bar, and full activity only occurs when tleedatly/st

is sulphided. Further, once sulphided there is a much smaller risk of methanation taking place.
Thesecatalysts must therefore be fmalphided or sulphided during start up (with 2Nd/H»>S

stream). A minimum of ca.-8 ppm of hydrogen sulphide the dry raw gas, depending on the op
erating conditions (P, T,4@/CO ratio) is required to maintain the cg#lactivity. The sulphur
content has no upper limit. Co is a multiblenction promotef46], usually used commeially

with Mo in catalytic hydrotreating. It causes molybdenum oxide to be better dispersed on the sup
port, thusfacilitating the easy reduction and sulphidation of the oxide. Co also promotes the disso
ciation of adsorbed CO and activation offbr hydrogenation. The effect of higher Co/Mo ratio,
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providing higher activity may be accounted for by the dispersingybfliCo on Mo by the for

mation of CoMoQ. After reduction and sulfidation CoMa@ transformed into the active phase
Co-Mo-S, with Co orthe corner or edges of MgSlabs. However, an excess of Co will result in its
isolated form. The CoMo sulphides anainly supported on alumina, zirconia and titania and show
[47] good performances (titania>alumina>zirconiahwhighly sulphided feeds. No loss of activity
or major deterioration of physical properties takes place during hopeeation, and lives of up to
ten years may be expected. More recently, alkaline compounds (potg8Juhave been used as
promoters. However, these formulations are less active than eogged LT shift catalysts operat
ing with pure feed gas and they only reach full activity when they are properly sulphided. More
over, in processes using sulphided catalgst$ handling sulphezontaining streams, there are

many drawbacks such as corrosion of equipment and instrumenthfiicalties in characterisa

tion of catalysts and analysis of sulphur contents in the system as well as the danger of poisoning.

2.5 PRECIOUS METAL CATALYST

Catalysts based on Pt/Ce&¥e reportedd9] as active and nepyrophoric, with activity higher
than that of conventional WGS catalysts in the meeiemperature range (30800°C). Work per
formed at Johnson Méey on Pt/Ce@catalysts indicated that despite the high initial actiglty
tained in themediuni high temperature range (3280°C), the catalyst loses activity under-syn
thetic and real reformate tests. The deactivation may be explained by severalismesjraclud-
ing surface coverage with-gitu formed carbonatéke species, and partialde of the reoxidising
ability in the highly reducing CO/tnvironment. In addition, methanation takes placét/CeG,
also seen at temperatures higher thalfGytherefore, a Pt catalyst was developeddiynson
Matthey. This formulation is nepyroptoric, has no methanation activity over a large range of
temperatures (20800°C) and has a much higher WGS activity and durability than a referénce Pt
CeQ catalys.

Non-pyrophoric, precious melahTS catalysts further promoted to suppress methanationalsere
reported by Engelhai&0]. Ruthenium deposited diFe:0; has been mentioned in the literature
[49] as giving promising WGS conversions with no methanation activity.

2.6 HYDROLYSIS AND HYDROGENATION

The WGS catalyst is also responsible for some more reaction, as mentioned ahd@Stbata

lyst can hydrogenate CO to methane. However, also olefins are hydrogenated over the WGS cata
lyst. Carbonyl sulphide (COS) is found in synthesis g&stduhe equilibrium between G@nd

H.S at high temperature, reaction [&2]. In the form of COS the sulphur cannot be removed by
absorption, by ZnO for instance.

H.S+CQa A COS +HO (4)

At lower temperature the carbyl sulphide may be decomposed by hydrolysis (thersevreac
tion) over a catalyst.

Also HCNmay be present in the synthesis gas due to equilibrium between CO and NH

CO +NH & A HCN + HO0 (5)
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In a similar way to COS, the HCN may be decomposed ovatadyst at an appropriate tempera
ture.

The WGS catalysts (Cu/ZnO is not used in presencelpligr) are active for those reactions. In
plants where a part of the flow is bypassed the WGS step, for instance if@@rdtio should be
tunable a separatgdrolysis step then becomes necessary as seen in Figure 19.

From Reformer

Y
-7

Cool 7
ooter / Hydrolysis
4
LT-step /
/

P» Adjusted Syngas
Bypass Ratio
Figure 19. Combined HT-LT shift steps with tuneable H/CO ratio [32].

Hydrolysis, decomposition by reaction with water, is normally catalysed by acidic catalysts, such
asg-alumina, acidic zeolites or mounted mineral acids. Important factors are thatashauaidity
and the strength of acidity.

2.7 CO2 REMOVAL TECHNOLOGIES

Theremoval of carbon dioxide may be performed in several ways in this context. It may be re
moved in scrubbing using a number of different solvents:

1 Physical absorption
o Water

o Polyehyleneglycol (Selexol process)
0 Methanol (Rectisol process)
0 N-methyl2-pyrrolidone (Purisol process)
o Propylene carbonate (Fluor process)
9 Chemical
o MDEA
o MEA
o DEA
o aMDEA
0 Chilled ammonia
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Or the carbon dioxide may be removed using other physical processes suchuas présg ad
sorption or membrane separation.

2.7.1 Absorption

The solubility of different components in the physical solvents, or the ability of the chemical sol
vents to react with different gas molecules influences the selectivity and activity of the gakous
vents. The most commonly used physical solvent ihametl, followed by polyethylene glycol: the
Rectisol and Selexol processes. The first of these processes is often considered for the gasification
context as it is not only selective to ®ut alsatCOS, CS, mercaptans, HCN and higher hydro
carbons. The b operating temperature is, however, a significant cost d%@dr The Selexol sel

vent has a high capacity for absorption of impurities such as sulphur as wethasiairHCN and

other higher hydrocarbons,8lis up to nine times more soluble in the Selexol solvent than CO
which makes it suitable for selective remoohH,S. Hydrocarbons are also very soluble in the
solvent and the solubility increases with in@ieg molecular weight. Water is also highly soluble

in the Selexol solvent. Due to this quality the Selexol process is often used for simultaneous hydro
carba and water dew point contr{@0].

Analogous to the purification @haerobic digestion, the use of water as a scrubbing agent is also
possible. HS is also soluble in a water stream and may be removed in the desorption.colum

Water scrubbing has advantages in no heat use, no use of chemicals and desulphurisatian being ¢
ried out simultaneously. The drawbacks are the relatively high electricity costs for compression of
the gas and fairly high use of waibf] [52]; if the gasifier operates at pressure the firatnback

may be ignored.

In chemical absorption the absorption heat is higher than for physical absorption since the carbon
dioxide not only dissolves in the solvent, but reacts with a reagent agAeebethanolamine,

MEA, is the most common scrubbing atjeThe main problem assiated with MEA is corrosion

of the absorption equipment in the presence of impurities, e.g. oxygen. Unfortunately, MEA has the
disadvantage of forming irreversible reaction products with COS apdvMBieh deteriorates the

solvent If SO, and NQ are praent in the gas this also causes solvent degradation due to reaction
with the aming53] [54].

As mentioned above, anaerobic digestion is a good analogue to removalioftli®gasification
context.The most widely used solvents are aqueous alkanolamines, suameihydiethanola
mine (MDEA). However, MDEA has a low reaction rate for the reaction with €@npared to
other alkanolamines and is therefore often activateditljng piperazine (PZ) aspromotef55]
[56]. Absorption of HS in MDEA solutions is a common technique for selective removab®f H
from CQy-rich gases. However, other impurities, such as higheobgdoons absorbed in thek
vent, may cause foaming, which significantly reduces the absorption capacity of the process.
MDEA itself is only moderately miscible with hydrocarbons.

The ammonia process is similar to that of the alkanolamines. The reafcioirmonia with CQ

howe\er, has a much lower heat of reaction than that of conventional amine solutions which leads
to considerable energy savings]. The absorption is run at a low temperature, below 20°C; to re
duce ammori losses. Mostnpurities in the gas are removed prior to the absorption step as the gas
is passed through a desulphurisation unit and cooling tqd&}.s
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2.7.2 Physical separation techniques

The physical separation techniques wiligher meansf@eparation than absorption into liquids,
pressure swing adsorption and membranes should be mentioned. Pressure swing adsorption (PSA)
is a dry method used to separate gases via physical properties. Membrane separation uses a mem
brane withdifferent permabilities for the different gas components and thus achieves separation
[59]. A more thorough description of the PSA technology for biomethane enrichment may be found
in SGC report 27060] where ahorough description of membrane systems used for gas separation

is also available. Another area of research is the use of lonic Liquids for CO2 septratioil|

be interesting to follow, mostly the research has been dedicated toidgsignel mateals for

CO2 capture with specific attention for so called MOFs (nmatgdnic frameworks)61].
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3 APPLI CATI ONS

There are a number of uses with respect to produced synthesis gas. The major applications will be
discissed in the folwing sections, starting with the production of hydrogen. This is followed by

the synthesis of substitute or synthetic natural gas, methanol, dimethyl ether,-Fisgiseh die

sel and higher alcohol synthesis.

3.1 HYDROGEN

Hydrogen may be pduced from avide array of carbonaceous fualsdbiomass is only one of

them. Most of the hydrogen produced in the world is derived from natural gas and the major use is
for ammonia synthesis. Hydrogen, however, receives significant interest as a suggesénergy

carrier for vehicles. The process leading up to pure hydrogen depends to a large degree on the start
ing material. After leaving the gasifier, the gas is a mixturexpfd®, CQ, CH,, higher hydrocar

bons and kD as well as dust (ash and/@dmaterial). A previously described the particles need

to be removed as well as the higher hydrocarbons. Thereafter, to maximise the hydrogen yield, the
watergas shift reaction is performed. As mentioned above, this is likely done in two steps with a
high-temperaturand a lowtemperature step with intercooling. Finally, the G€removed using

one of the techniques described above. The most common technique used in industry is PSA, how
ever in this case there is a good use of the PS§asffas a furree fuel; this isot the case in the
gasification context.

3.2 SNG

The first step in synthesising methane or SNG is the generation of synthe3is fyather in

crease the Cktontent of the produced biomasased gas, methanation is necessary. The methane
synthesis procedsas a very high total efficiency. The methanation reaction is strongly exothermal
and because of this, heat removal from the reactors employed is f#@gial more extensive
summary may be found in referefé8]. Methane from the methanation reactor is upgraded, by
CQO; separation. Usually larggcale separation processes are used, such as PSA, and physical ab
sorption by Selexol and the emerging membrane technology separatibangt&in follows eac

tions (1) and (2). The methanation reactions are favoured by high pressures and low temperatures.
Due to the high heat release and to the high reactant concentrations, nreastibesemployed to
avoid hot spots and to limit the teerature. The tempature should also be kept low due to the
equilibrium[64].

CO+3Ha ACHs+ HO o Haos= -206 kJ/mol (1)
CO;+4Ha A CHs+2HO P Haeg= -165kJ/mol (2)
2CO4 A CO+C o Haoe= -172 kJ/mol (3)
CHs& A C+2H; (4)

The catalyst used in methanation reactors is normally Rstd and supported on alumina,
kadin or calcium aluminate. Sulphur and arsenic are severe catalyst poisansistheé removed
upstream the catalyst. The catalyst contains < 15 witkel and safety measure must be taken to
prevent the formation of the highly toxic nickel carbonyl Ni(G@Qhe formation of the carbonyl is
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preferential at low temperatures, < 200°C, and high partial pressures of CO. It is therefore im
portant to haveroper pocedures for statip and shutdow[62].

CO also reacts with iron to form iron carbonyl, which is poisonous and causes corrosion problems.
Iron carbonyl decomposes on the catalyst as well when the temperature isedcidausCO

must be heated in stainless steel heat exchangers. Years ofgaleatioms have shown that with

the right precautions, carbonyl formation may be suppressed succel&tlly

COy, in reaction (2), is first convied toCO with the reverse shift reaction. This formed CO is then
reacted taCH, according to reaction (1%4]. The Boudouard reaction (3) will be thermodynami
cally favoured at elevated temperatures, e.g., at the outle odéactor. However if temperatures
are kept moderately low and small residualrogen exists in the gas outlet, it can be avo[éedl
Typically, the reaction is operated at inlet temperatures of38&0C and at pressure®re thar30

bar. The high pressure favours the equilibramdimproves the kinetis. After upgrading the pro
ducedCHys, the concentrationarenormally greater than 90 mol% and the heating value is typically
higher than 33 MJ/A{65]. For upgrading to motor fuel standards, SNG for vehicles, the gas is ad
ditionally cleaned to nearly pure methane.

3.2.1 H./CO-ratio

Synthesis gas for methane production is usually classified by its stoichiometric number (SN), i.e.
the relationship betweehe hydrogen and the carbon oxides and higher hydrocarbons according to
equation (A)66].

3. (A)

During stoichiometric methanation, there is a small or no risk of carbon formatiamliagcm the
Boudouard reaction (3), even at elevated temperatures as high as 700°GBowaier, does be

come a problem at lower SN. Lower SN also requires carbon dioxide removal to a greater extent
upstream the methanation reactor.

3.2.2 Reactor designs

To control the heat of reaction in methanation there are a few variations in reactor desstidnaé
been proven to be successful. Theresangeralcommercially available methanation systems in

use. Most of them are designed for methanation of syngas giéhamn coal gasification at high
pressures. Thus, the methanation reactors are desmnae$sures of 460 bar[63] [67].

Recycle-Gas Processes

The recyclegas process uses adiabatic reactotls prioductgas recycling. The recycled gas in
creases the masisroughput in the firsteactor and increases the amount of heat that may-be ab
sorbed without oveheating. The recycled gas is cooled and compressed to the reactor operating
pressure before is mixed with fresh syngas.

Haldor Topsoe A/S has developed a methanation processthatc al | ed TREMPE, see
i . e. Tops oe 6-sfficiere Meghanation PEoness. Tthe system uses three adiabatic reac

tors with product recycle and interthate cooling. The temperatures of the reactors are controlled

by the recycle ratio and@held below the maximum allowed for the catalyst. The catalyst used has
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been developed by Haldor Topsoe A/S and has good temperature resistance allowing temperatures
of 250-700°C. The catalyst is called MEXX and according to Topsoe has excellent dlitpb3]
[68].

Syngas feed

compressor
i AR /R}Z\ /;3&
N
BRW
HP boiler 2 HP boiler 3
HEHX  Superheateg ¥
Superheated @
steam
HP boiler 1
NG product
BRW
preheater
Rash
drum
Gondensate

Figure 20. Haldor Topsoe's methanation process TREMP.

The disadvantage with recycling thevguct gas is the higher volume of gas that needs to be pro
cessed and the dilution tife reactant gases. It also increases the cost and energy loss due to the
need to compress the recycled gas.

TWR i Through-wall-Cooled Reactor

Throughwall-cooled reactar are usually employed as reactors in chemical processes that utilise
heterogeneous gaeactions. The reactor design is relatively simple and may be compared to a
shellandtube heat exchanger. The tubes are filled with catalyst and are cooled eitbéimigy b
water or a high temperature oil. Figure 21 shows a TWR sy{$&Jm

The cooling method used in these types of reactors increases the difficulties of controlling the heat
of reaction. As the methanation reaction is higitgthermal, the temperature control becomes in
creasingly difficult and thus hot spatsy become a severe problem in TWR reactors.

The main advantage with the ptilgw reactor is that only a single reactor is required because the
reactor can contain amumber of tubes, making it rather easy to scale the process to various sizes.
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This resllts in lower investment and operating cost. The largest disadvantage of the reactor is the
problems involved in replacing depleted cata]g&i.

Syngas feed
S/ngas“
product
- j\ j\ j\
AR R Y ” o 5
Cooler 1 CGooler 2 Cooler 3 Cooler 4 Cooler 5 QGooler 6

Figure 21. Singlepass through wallcooled methanation procesf62].

Fluidised-bed reactor

Methanation as well as other highly exothermal processes may favourably be carried out in a fluid
ised reactor. The main advages with fluidised bed reactors are:

o0 Evenly dispersed catalyst and reactant gases
o Low thermal gradients and thus better temperature control

0 Easy catalyst replacement

Two processes were found in the literature that use a fluidised bed, the technologjiegetiat
Thyssen and Paul Scherrer Institute. Toenfluxmethanationdeveloped by Thyssengasgas op

erated 19801985 for about 8,000 h. The process was run at 6@rzhwith a H/CO of 2.74. This

has several advantages such as minimising the cartixidelformation from the wategas shift
reaction[69]. In addition to this, further work has been performed in recent years at the Rarl Sc
rer Institute[70] [71] [72]. Disadvantages with the technology are the lower reaction rate due to ap
pearance of the fluidised bed behaving as a constantlydstank reactor and that attrition of the
catalyst is unavoidable. Catalyst partiolght end up in filters downstream and may react further
with unreacted gas, creating a potential safety hazard.

3.23 Gas quality

There are significant differences in requiga quality within Europe. Describing the differences

in the various gas qualitiesasitside the scope of this report. In this report the Swedish standard

for vehicle gas has been used as target qy@Bly more specificallyhe type A quality. The motor
octane number is determined using calculations acagptditSO 1540374]. The problem with

using this definition in the present case is the hydrogen content. The standard doesidetany
hydrogen content in the gas. An alternative method is to use the definition in SAB §2235
However, $s0 this expression has been developed without hydrogen in the gas and even though it
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may be used for determining the motor octane number in the present case, its validity may be ques
tioned for the gas mixtarat hand. Therefore, the motor octane numbenbabeen reported for
the case study although it is within range of that specified in ISO 15403.

3.3 METHANOL

Methanol as alternative fuel has great potential and is an excellent fuel foigutdn engines
and may easily be blended with gasoline. Howgthee use has so far been limited. Today most of
the methanol produced worldwide is directly used for formaldehyde production.

The methanol synthesis process has a relatively high total efficiency up §@6g%owever for
methanol production the economy is greatly dependent on how the large heat fluxes produced by
the exothermic process are being utilised.

Methanol (CHOH) may be produced from synthesis gas according to:

# C of CP# /I (C (/C DH; = -50 kJ/mol
# C ( CPH#IC (I C DH; = +41 kJ/mol
#1C ¢( CP # I/ (C DH, = -91 kd/mol

All the reactions are equilibrium reactions and the equilibrium is not particularly favourable at low
pressires.

Normally the gas contains both CO and %0 the ideal stoichiometry is not/80O =2. Instead it
is the stoichiometric number ¢HCO,)/(CO+CQ) that should be 2 for ideal conversigiT]. How-
ever, a high Celevel limitsthe heat released by the exothermic reactiopinduces more water,
resulting in a diluted product.

100
] — 1 bar
80 10 bar
O 100 bar
= 7 300 bar
g 60
£ i
[=+] -
.E, i
= 40
_; -
2 i
. Adibatic Temperature
204 Increase
U _I L T T T I_ L L --I--_F I T T T T I I-I L I__I__I=I L L I
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Temperature °C

Figure 22. Eyuilibrium calculation of a CO: Hz mixture with ratio 1:2 and the adiabatic temperature
increase as function of conversion (assumed inletrtgerature 200°C).
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The reaction is limited by themwdynamic equilibrium and the process requires high pressure and

low temperature to obtain high conversion. However, the catalysts, required for the reaction, have a
minimum operation temperature. To igrte reaction, the temperature must be at leashdro

200°C.

According to Table 4, a typical feed for the synthesis is:

Table 4. Feed compositioii77].

Component Vol %
Hy 59-79
co 1527
cQo 8
CH 3

If a composition withirthis span is chosen, for instancg@d, CO 22, C@8 and CH 3 vol % and
calculating the adiabatic temperature increase, then a full conversion (100 %) would correspond to
a temperature increase of 880°C. This temperature increase is of course fithiti@asversion is
limited by the eqilibrium, described above, and thereby also the obtainable temperatureura Fig

23 the adiabatic temperature increase as function of the conversion is plotted together with the
equilibrium conversion versus temperatand different pressures. The maximobtainable con
version, at adiabatic conditions, is found at the intersection between the temperature line and the
equilibrium line. The single pass conversion at adiabatic conditions is low to moderate depending
on pessure.

To increase the conversiaggveral reactors may be used or a single reactor with divided beds with
cooling in between as in Figure 24. By doing so, it is possible to climb on the equilibrium curve,
see Figure 23.
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) Exotherm
r—————F——"—"F"""T"T""JTTT T
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Figure 23. Improving methanol yield by multi-bed reactor with in-between cooling.
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Figure 24. Multi-bed methanol reactor with in between bed cooling and gas recirculation.

However, full conversion of the synthesis gas will not be obtained, unless the produced methanol is
separated frorthe gas and the gas is reciated.

Another strategy is to run the process isothermally. To obtain isothermal conditions for this highly
exothermal process efficient cooling must be applied. Lurgi has solved this by using a boiling water
reactor as showim Figure 25. The catalyst iscated inside a bundle of tubes, similar to a tube heat
exchanger. The tubes are placed in an outer shell filled with water. By controlling the pressure of
the boiling water, a very precise temperature control may be othtairlee catalyst filled tubes.

The generated steam may be used as process steam or could be used in a steam turbine for power
generation. The reactor operates in a temperature range-@6220 and the yield of methanol,
depending on operating pressurgy reach 3@0 % in a single @ss.
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Figure 25. Lurgi boiling water reactor.

Other suppliers may have used different methods to obtain adiabatically or isothermally operating
reactors, however, the main issue with the methanol synthesis is the unfayegubbrium and
thehighly exothermal reactions.

3.3.1 Catalysts for the methanol process

CLI/ZnO/A|203

Catalysts used for methanol production are usually based on copper, a very active component. Cop
per sinters, however, very easily and the metal is norratlyilized by ZnO and 180s. The cata

lyst is very sensitive towards sulphur and requires sulphur levels below 1 ppm.Sheritent of

the gas will be reduced in water scrubbing and/or a flue gas condensing step, but there will remain
at least an amounff H.S in the gas corrpsnding to the liquiegas phase equilibrium. The active
component copper, first forms surface sulphides that block the surface and then it will form bulk
CusS. The ZnO component is industrially used for desulphurisation by absaptiajives the cat

alysta bit of selfprotection[78].

Chlorine is a sever poison for the catalyst, however, not commonly present in the gas. Volatile me
tallic carbonyls such as Fe(G&nd Ni(CO) may be generated in the ggsgrading equipment

itself, for instance from the steel in the reforming reactor. Deposed on the catalyst they may act as
FisherTropsch catalysts, deactivating the catalyst by covering its surface withdilgig waxes.

In units using coal gasificatidor production of synthés gas, arsenic has been found in deac

tivated methanol catalysts. Nitrogeontaining compounds such as, iNHCN and CHCN seems

not to affect the activity of the methanol catalyst.

MoS,

In contrast to the Cu/ZnO catalyst, malgmum disulphide (Mo catlysts require sulphur to be
present in the gas. It is therefore an attractive type of catalyst to use for synthesis in synthesis gas
with high sulphur content. However, the selectivity for methanol is only 50 %, compare&to 99

for Cu/ZnO. The other praatts are methane and other alcohols, such as ethanol.
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3.4 DME

DME, Dimethyl ether, is a gas with properties similar to those of Liquid Petroleum Gas (LPG). At
Standard Temperature and Pressure (STP, 0 °C,101 kPa) it is a gasdbuosesiinto a liquid at
506kPa at 20°C (270 kPa af@0). The liquid density is about 0.67 kg/8lat 20°C with a heat of
combustiorDHc= 28 MJ/kg. Compared to diesel (35 MJRAINDME has about half the energy
density, 19 MJ/dri) at 20°T79].

DME can be produced by dehydration of methanol over an acidic catalyst saediiges or modi
fied g-alumina.[80]

2 CHtOH A CH:OCHs + H:0 DH; = -23 kJ/mol (A)

This means that DME may Ipeoduced in a twatep process where methanol is synthesised in the
first step and DME in the second. However, it is also possible to directly produce DiviEyro

thesis gas, for instance by performing both the methanol synthesis and DME synthesiscas conse
tive reactions in the same unit.

2CO+4HA 2 CHOH

2 CHOHA CH3OCH; + H.O

2 CO +4 HA CH;OCHs + H,0 DH; = -205 kJ/mol (B)
or: 3CO +3H A CH:OCHs + CO, DH; = -246 kJ/mol (C)

Both reactions decrease thewher of moles in the gas, this means that an increased pressure will
increase the conversion of synthesis gas. Reaction conditions for the direct DMBisypribeess
according to (C), 24@80°Cand 37 MPa[81].

Thedirect DME synthesis is very exothermal; it combines the exothermal methanol synthesis with
the exothermal DME dehydration reaction. It is crucial to keep the tetapetselow 300°C to

avoid deactivation of the catalyst. This is because the direct DMBy/siis a combined Cu/acidic
catalyst. As stated earlier, @atalysts sinter at temperatures above 300°C. To keep the tempera
ture under control, a slurry reacterused where the catalyst is suspended as a fine powder in a
high boilingpoint oil. The poduction of DIME has also been studiedamolygeneration process

for heat, power and DME production by integrating gasification aifHP planthatwas mod

elledand simulated by Salman et{8P] to improve the #iciency of the total process.

3.5 FT DIESEL

In this section a general background to the Fis@imepsch (FT) reaction will be given. The chem
istry involved in the FT synthesis $iaeen describg@3] as "a surprieig phenomenon in hetero
geneous catalysis that attracts the interest of world experts: the gases C{eatet the reactor
and a hydrocarbon liquid exits." The thermodynamically preferredoegarbon product isie-
thaneso it is surprising that higher dsocarbons are the predominant products.
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351 History

The FT process was developed in Germany in the first half of thee2ury[84]. In 1938 nine

plants were opeating using cobalbased catalysts at atmospheric conditions with a total capacity

of 0.66 million tons per annum. After World War Il, all plants in Germany were shut down since

they were uneconomi c FTunits baseg ontsdlicfuelgal) cdnwbi@isntol ar g e st
diesel and gasoline are located in South Affg&. A FT process based on gasified biomass would

probably have a total mass yield of up to or above p®}o

The reaction mape performed either in a fixed bed reactor or a slurry reactor. Since the reaction is
very exothermic, it is very difficult to transfer data obtained in a laboratory reactor to larger scale.

The length and thdistribution between the various hydrocarbdepend on the catalyst, but also
on the operating condition. The distribution is normally expressed using an An&efsoltz
Flory-expression (ASF) for the chain growth, see Figure 26. This may be expresbechataally
and the results are to be found~igure 27.

l-a a(l-a) a(1-a)

CH, CoHe CrHansz

AP R

CO+Hy, —5>CH; —— 5 CHy —>> 5 C,Hones

Figure 26. Logic behind ASF (reproduced with permissiorn86]).
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Figure 27. Distribution of hydrocarbons given different probability numbers (alfa number), (repro-
duced with permission[86]).
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The emphasis for a modern FT wax process is to produce morelangstraight hydrocarbons
[87]. The produced waxes are thereafter cracked into desired products swegebiidl with low
aromatics content and sollphur.

Only Ni, Fe, Co and Ru have sufficient activity for commercial FT catgl§8is Ruthenium is the

most active but is the most rare and expensive, see Table 5. Nialaal igery active, however it is

very active for lgdrogenation, the selectivity to methane is high while low for alkanes. It also

forms volatile nickel carbonyls at low temperature and high pressure and the catalyst is slowly lost
from the reactor.

Table 5. Approximate relative cost of metals active forhe FT synthesis.
Metal Fe Ni Co Ru

Relative cost 1 250 1000 48000

This leaves only Fe and Co as useful materials for the FT process and these catalysts will be dealt
with individually later on in theéext. Co has higher activity than Fe and is usedantplfor diesel

fuel production. Good activity and selectivity are not sufficient factors for the catalyst, also particle
size, porosity and particle strength are important. Under reaction conditienmre diffusion be

comes a limiting factor for largearticles. To cope with this, the particle size must be decreased
or/and the average pore size increased. Decreasing particle size in fixed beds increases the pressure
drop over the reactor and incresislee cosbf-compression. If the particle strengshtoo low, frag
mentation of the particles may occur during operation, leading to unexpected increase irr the pres
sure drop. The catalysts are sensitive to sulphur and deactivate if sulphur comporgeteatdn

the inlet stream. The poisoning startishee reactor inlet and moves downstream. Even as low a
concentration as 0.03 mgimill yield a significant catalyst deactivati$a9].

3.5.2 Reactor types

The reactors employed fire synthesis of FT diesel are the same as inabe af methanation

with respect to fixed bed reactors (througéll cooled) and fluidised beds. However, there is also

slurry bed, or ebullating bed reactors in service. The use of an ebullating becipasaithle by

the high boilingpoint waxesthataleor med i n t he process and that
the catalyst. The problems posed in the production of FT products are the same as in the-other pro
cesses using synthesis gas and mainly stem tthe exothermal heatf-reaction that needs to be

taken care of so as not to overheat the catalyst or reactor.

353 Catalysts

Historically FT catalysts were alkadioped iron catalysts, however moretogdate catalysts are
based on Co promoted with Re. Rhenibelps improve the reducibility of cobalt, andain
creases the Co dispersion, that enhances the activity of the FT d@@jlyst

Iron-based catalysts

The catalyst used by Sasol is prepared by dissolving scrap iron together with copper metal in nitric
acid and ceprecipitding oxideshydroxides by addition of sodium carbonate soluf#i]. Several
parameters, such as teengture of precipitation, concentration of solution and the final pH affect

the properties of the catalyst, like porostyd specific surface. The precipitate is washed, re
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sluried with water and potassium water glass is added. The filter cake maybeitaruded to
yield fixed bed catalyst or +glurried and sprayried to yield slurry reactor catalyst.

Table 6. Influence of silica on precipitated hematitg88].

Unreduced Reduced in bl
g Si02/ Pore Specific Area in pores > Pore Specific Area in poes > Reduction/%
100 g Fe volume surface 4.5 nm/m?g!  volume/ surface 4.5 nm/me gt
lcm3 gt area/m? gl cmé gl area/m? gl
0 0.37 275 41 0.22 35 35 100
8 0.47 345 59 0.43 190 68 80
19 0.74 375 90 0.48 250 80 46
25 0.71 390 94 0.61 270 84 58
29 0.75 370 96 0.65 265 85 57
50 NAP 405 NA NA 280 NA NA

a0 of total Fe present in metallic statéiex a fixed time at a fixed temperature.
PNA not available.

The surface area and porosity increase as the sdit@nt increases, see Table 6. The use of car
bonates for precipitation gives higher porosity than the use of hydroxides for the piienipiat

the Fe/Si ratio is typically >4, the silica does not act as a support but as a binder, improving the
strengthand acting as a spacer to minimise the sintering. A typical catalyst contains 25§ §iO
Cuand 5 g KO per 100 g Fe.

The catalyst iseduced by hydrogen at as low a temperature as 220 °C. The role of Cu inthe cata
lyst is, allegedly, to decrease thluction temperature. Full reduction is not necessary since the
complete conversion to K& is performed in the FT reactor.

Iron catalysts for production of gasoline and chemicals

These catalysts are used in fast fluidised bed/circulating fluidised detdnreand need to be-ro
bust. The catalysts are produced by fusing iron oxide together with promoters, su€h MR

and AbOs, at abait 1500°C. The melt is poured into ingots and are rapidly cooled. After cooling,
the ingots arerushedand the desickparticle size fraction is separated. Since the surface area of
the fused catalyst is almost zero it requiresrpdiction to develoght surface area necessary for
the reaction. The reduction is carried out withaiti350450°C[92].

Carbon deposition during FT synthesis

Due to the Boudouard reaction, elementary carbon is deposited on the catalyst surface abov
300°C. The activation energy of the reaction is higher than for the FT reaction: therefore the rate of
carbon deposibn increases faster than the FT reaction at increased temperature. If the reactor oper
ates at around or below 240, no carbon deposibccur. Promoters may increase the rate of-depo
sition, for instance alkali.
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Cobalt-based catalysts

The original Germao-catalyst was prepared by-poecipitating nitrates of cobalt and thorium in

the presence diieselguhif92]. The mass ratio was typically 100 Co: 18 Tht®O0 kiselguhr. Ad

dition of 2 % Cu increaskthe rate of reduction, however, it also increased the rate of deactivation.
The large amount of Co in the catalyst wonrddke this catalyst expensive today. Because of the
high costs of Co, it is important to minimise the amount of cobalt used, bhstla high metal
surface area. This is done by supporting the active phase on a stable, highaseda@arier. Usu

ally this is done by impregnating the carrier with a dissolved Co salt, drying the calcinating the cat
alyst to form Co oxide. The fihatep is the reduction with hydrogen to obtain well dispersed Co
metal.

With TiO; as support it was found that catalystegared from cobalt oxalate by speeding (heating
mechanical mixtures) produced the most active catalyst. Incipient wetness imnegvititico

balt (11l) acetylacetonate produced a more active catalyst than the commonly used nitrate. When
loading 2.5 % Cosing ammoniurrCo citrate very small Goxide particles were formed that re
acted with the alumina carrier and formed inactive ahatais. Catalysts prepared from nitrate
formed larger particles that could be reduced and were active for the FT reactiowirGetoal.

[93] compared a series of catalysts supported on, B@, and AbOs and the effect of RIRe, La

and Zr. They concluded that alumina supported ruthenium promoted catalyst had the best perfor
mance, while the Ti@catalyst had inferior surface area.

Ruthenium increased the activity for alumina and titania supported Cygstataile ZrQ did the
same for Co/Si@catalyst.

Deactivation of FT catalysts

Sulphur compounds in the feed gas rapidly deactivate the FT catalyst. The sulphur reacts-with cata
lyst from the inlet and moves slowly downstream. Even at as low concentradion33 mg/m

poisoring is observed. The surface area of a fresh iron FT catalyst is approximately/g0h m

catalyst that has lost 50 % of its initial activity the remaining surface area i¥¢&0Timese

changes indicate that a crystal growth hasuoed on stream. @aon deposition on the catalyst

causes fouling.

Covs. Fe

There are significant differences between the two types of catalyst. In the iron case, oxygen is re
moved from the reactor as €@nd in the cobalt case as® There is also agmificant differene

with respect to how inlet COs handled. Fe is indifferent to G@r CO as it is shift active, while

Co requires all inlet carbon to be in the monoxide form. An iron catalyst may be promoted with Zn

to promote stability and Cu for easreducibility; f Mn is added to the catalyst, shorter unsatu

rated carbon chains are favoured. In both the Co and Fe cases, meso and macro porous supports are
preferred over micro porous ones.
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3.6 ALCOHOLS

The synthesis of higher alcohol could be produmed series of extbermic reactions, where syn
gas, i.e. CO and His converted into shorter alcohols over some specific catalyst:

1. Methanol: CO+2Hz CHOH

2. Ethanol: CO+4Hz CHsOH + HO

3. Propanol: CO+6Hz CH/OH+ 2 HO

4. Butanol: CO+8Hz CsHOH+ 3 HO

5. Any alcohol nCO +2nHz CiH2n+1OH + (n1) H.O

Depending on the catalyst and operation used different side reaction normally occting ¥adth
mation of methane and hydrocarbon chains both olefins and paraffins. Also oxygenates as alde
hydes, ethers and esters might be formed. Historically the production of highteslalbas had an
interest during the Second World War, and the intér@steen renewed diog high oil prices in

the 1970s and 1980

Currently, the synthesis of higher alotdhis not applied commercially anywhere in the world. The
main reason for this is the lower selectivity for a specific alcohol, henitefigeparion steps are
then needed. However, many interesting different conceptual processes do exist and are based
patented catalytic technologig®t]. Higher alcohol synthesis has been tested both in industrial
plants and pilot plals or extensively tested in ledzale reactors.
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4 CONCLUSI ONS AND CHALLENGES

As can be concludetiere are many choices to be made before investing in & tax@e demon
stration plant producing an alternative fuel derived from biomass, depending oarttessiavaila

ble, gasification technology, and the biofuel to be produced, different kind afdipgrand clean

ing processes are needed. The total efficiency of the plant depends on the heat management in
every step included in the process, as in altinstiép systems. Gas filtering and clagnunits op

erate at different optimum temperatures thmatlawer than in the gasifier, often the operating-tem
perature is limited by material issues and cooling is needed, which implies a lower efficiency and
involving cooling equipment for the gas

For biomass and waste gasification in pressurised fluidisedystems the operating temperatures
lie around 900C, and it would be very valuable for the total efficiency if the removal of particu
lates could be caded out near the same operating temperature. However, at these high tempera
tures with the syngas comiging compounds with alkali, chlorine and sulphur, possible corrosion
and other material problems are the main challenge. These gas contaminantsrefost the re
moved prior to the removal of particulates in htgmperature filters, or by introducinmconven

tional innovative methods for dust cake remd®al, [96]. In addition to sulphur poising and

coking, when using waste and biomass as natural resources, not only ammonia, chlorinadalkali a
other inorganic molecules will be preseaiso trace impurities and other poisons need to be studied
carefully. Special consideration needs to lkemawhen using waste fractions that might contain
PVC, since HCI will be formed in the gasifier. Thisralsults in complex gas cleaning systems

with high capital osts and expensive maintenance.

In Sweden different approaches for producing alternativiemfioels have been taken during the
years, the best examples are the fluidised bed gasification deatimmsplant in Varnamo and the
Chemrec demonstration plant in Pited using black liquor as amglimore recently the GOBIGAS
project in Gothenburg fahe production of methane.

Before using the gas produced in the gasifier a number of impurities ndssisamoved. These
include particlestars sulphur and ammonia. Particles are formed in gasification, irrespective of the
type of gasifier design used first, coarse separation is performed in one or several cyclone filters
at high temperature. Theréaf baghouse filters (e.g. ceramic or textile) maybe used to separate
the finer particles. A problem is, however, tar condensation in the filterharalis much work
performed on trying to achieve filtration atligh a temperature as possible.

The fa most stressed technical barriers regarding cleaning of the gases are tars. To remove the tar
from the product gas there is a number of alternativgsnlost important is that the gasifier is-op
erated at optimal conditions for minimising initial tar f@tmon. In fluid bed and entrained flow
gasification a first step may be catalytic tar cracking after particle removal. In fluid bed gasification
a catdyst, active in tar cracking, may be added to the fluidising bed to further remove any tar
formed in thebed. In this kind of tar removal, natural minerals such as dolomite and olivine, are
normally used, or catalysts normally used in hydrocarbon reforamingacking. The tar can be-re
formed to CO and hydrogen by thermal reforming as well, when the tenmeeisaincreased to

1300°C and the tar decomposes. Another method for removing tar from the gas is to scrub it by us
ing hot oil (206300°C). The taridsolves in the hot oil, which can be partly regenerated and-the re
maining tarcontaining part is either lpoed or sent back thi¢ gasifier for regasification.
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Other important aspects are that the sulphur content of the gas depends on the type of biomass
used, the gasification agent used etc., but a level at or above 100 ppm is not unusual. Sulphur levels
this high are not acceptable if there are catalytic processes-stogam, or if the emissions of e.g.

SO are to be kept down. The sulphur may be spdrby adsorbing it in ZnO, an irreversible-pro

cess, or a commercially available reversible adsorbent can be used. There is also the possibility of
scrubbing the gas with an amine solution. If a reversibdgradtive is chosen, elementary sulphur

may beproducedusing the Claus process.

Furthermore, the levels of ammonia formed in gasification (3,000 ppm is not uncommon) are nor
mally not considered a problem. When combusting the gas, nitrogen omorgteaseNOy (so-

called fuel NQ) is formed; thez are, however, indications that there could be problems. Especially
when the gasification is followed by dovetream catalytic processes, steam reforming in particu
lar, where the catalyst might suffer from déaation bylong-term exposure to ammonia.

Not to forget he composition of the product gas depends very much on the gasification technology,
the gasifying agent and the biomass feedstock. Of particular significance is the choice of gasifying
agent, i.e. & oxygen, water, since it has a huge intacthe composition and quality of the gas,

The gasifying agent also affects the choice of cleaning and upgrading processes to syngas and its
suitability for different enelise applications as fuels or green clozisi.

There will be a compromise betwees tapital cost of the whole cleaning unit and the system effi
ciency, since solid waste, e.g. ash, sorbents, bed materiafeastelvaterll involve handling costs
Consequently, installing very effective catalysesults in unnecessary costs becausxpénsive

gas cleaning; however the synthesis units further egtvaam, especially for Fisch@&ropsch die

sel, and DME/methanol will profit from an effective gas cleaning which extends the catalysts life
time. Thecatalyst materials in the upgrading peeses essentially need to be more stable and re
sistant to different kinds of deactivation.

Finally, as for all multistep processes, the heat management and hence the total efficiency depend
on the different cleanp units. Unfortunately, the availablerseentional gas filtering units for re

moving particulates and impurities, and also subsequent catalytic conversion steps have lower opti
mum working temperatures than the operating temperature in the gasificatior laitefore pro-

cess intensificatiors an important development throughout chemical industries, which includes
simultaneous integration of both synthesis steps and separation, other examples are advanced heat
exchangers with heat integration in ordenteréase the heat transfer ratéar costeffective solu

tions and efficient application, new solutions for cleardng upgrading of thegases are neces

sary.
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